Chinese Journal of Chemical Engineering 32 (2021) 39-60

Chinese Journal of Chemical Engineering

B o

Chinese Journal of

Contents lists available at ScienceDirect

ELSEVIER journal homepage: www.elsevier.com/locate/CJChE
Article

Experimental and Numerical Study of Gas-Liquid Flow in a Sectionalized ~ @®)

Check for

External-Loop Airlift Reactor

Shivanand M. Teli I'**, Channamallikarjun S. Mathpati '

! Department of Chemical Engineering, Institute of Chemical Technology, Mumbai, India
2 Department of Chemical Engineering, Gharda Institute of Technology, Khed, Ratnagiri, India

ARTICLE INFO

ABSTRACT

Article history:

Received 14 February 2020

Received in revised form 18 September
2020

Accepted 2 October 2020

Available online 27 November 2020

Keywords:

Multiphase reactor

Bioreactors

Computational fluid dynamic
Sectionalised external loop airlift reactor
Gas hold up

Mass transfer

The external loop airlift reactor (EL-ALR) is widely used for gas-liquid reactions. It's advantage of good
heat and mass transfer rates compared to conventional bubble column reactors. In the case of fermenta-
tion application where a medium is highly viscous and coalescing in nature, internal in riser helps in the
improvement of the interfacial area as well as in the reduction of liquid- phase back mixing. The compu-
tational fluid dynamic (CFD) as a tool is used to design and scale-up of sectionalized external loop airlift
reactor. The present work deals with computational fluid dynamics (CFD) techniques and experimental
measurement of a gas hold-up, liquid circulation velocity, liquid axial velocity, Sauter mean bubble diam-
eter over a broad range of superficial gas velocity 0.0024 < U¢ < 0.0168 m-s ™. The correlation has been
made for bubble size distribution with specific power consumption for different plate configurations. The
effects of an internal on different mass transfer models have been completed to assess their suitability.
The predicted local mass transfer coefficient has been found higher in the sectionalized external loop air-
lift reactor than the conventional EL-ALR.

© 2021 The Chemical Industry and Engineering Society of China, and Chemical Industry Press Co., Ltd. All

rights reserved.

1. Introduction

Airlift reactors are currently gaining on increased interest in
chemical engineering and biotechnology due to their number of
advantages: producing efficient mass and heat transfer, high fluid
circulation rate and low pressure drop. There is no moving part
in the airlift reactor as results of it. This reactor offers another
advantage i.e. low shear stress as compared to mechanically stirred
tank reactors and bubble column reactor. The loop reactors are
used in biochemical applications as level of shear stress is low, in
them which allows micro-organisms to grow rather than to get
broken down in presence of high shear stress. Gas hold-up and liq-
uid circulation velocity are an important parameter for design,
modelling, as well as for scale-up of airlift reactor. In this type of
fermentation process, biochemical operation where the media is
highly coalescing in nature, the bubble coalescence occurs. There
are various parameters which one needs to control in ordered to
avoid coalescence but gas velocity is the most prominent parame-
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ter that influence the coalescence process among bubble size, geo-
metrical arrangement, temperature, phase properties density,
viscosity, surface tension, Additives, etc. The mixing and mass
transfer ability is highly depends upon the rheological properties
of the broth. The viscous nature of fermentation broths is effect
on many factors and process conditions inside the bioreactor. In
this external airlift reactor with internal plates, each section within
the reactor acts as a continuous stirred tank reactor (CSTR). CSTR is
connected in series provide more conversion.

The fermentation broth having high coalescence media requires
high mass transfer coefficient and interfacial area of the bubble.
Due to internal plates in exteral loop airlift reactor (EL-ALR), it is
possible to give a small bubble size distribution. As the size of bub-
ble is small, the terminal rise velocity of the bubble becomes less.
The terminal rise velocity of a bubble is directly proportional to the
diameter of bubbles. It is difficult to predict the performance exter-
nal loop airlift reactor due to complex geometries and hydrody-
namic behaviour. The laboratory-scale airlift reactors with
internal are not much investigated therefore. Computation fluid
dynamic which is a tool of modelling used to investigate complex
flow structure and type of mixing in the sectionalized external loop
airlift reactor.

Many researchers [1-5] across the world have put their valu-
able time in understanding the hydrodynamic performance of air-
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lift reactors. The hydrodynamic study of the external loop airlift
reactor has been investigated [2,4] for the various ratios of the
diameter of a riser to downcomer. The effect of hydrodynamic
parameters due to different liquid level in the gas-liquid separa-
tor is also discussed in the literature. Various researchers [6-15]
have developed the CFD model for the gas-liquid flow in the airlift
reactors. Also, they have used different geometric and turbulent
models to simulate the gas-liquid flow in the airlift reactor as
shown in Table 1. The mixing time and residence time distribu-
tion study in sectionalized bubble column reactor has been
reported in literature [16,17]. The hydrodynamic parameters are
determined in multi-stage bubble column reactor in the literature
[18,19]. Experimental study in the external loop airlift reactor
with sieve plate and expansion disk have been discussed in the
literature [20,21]. The hydrodynamic study in sectionalised exter-
nal loop airlift reactor is already reported in literature [22].

In spite of so many published works, which describe the
hydrodynamic studies, none of the CFD simulations have been
done for sectionalized bubble column reactor and external loop
airlift reactor.

In this present work, a CFD simulation of the sectionalized
external loop airlift reactor has been performed. The k-epsilon
turbulence model is used in this simulation. The effect of different
plate configurations on gas hold-up, bubble size distribution,
average liquid circulation velocity, and liquid axial velocity is
determined. The proposed design will help to get a smaller bub-
ble size distribution due sectionalisation.

Further, the CFD model has been extended for the prediction
of the overall mass transfer coefficient. Different mass transfer
models such as Penetration, eddy cell, rigid cell, and slip velocity
model have been compared with different plate configurations.

The objectives of this study are observing the effect of internal
on gas hold-up, liquid circulation velocity, liquid axial velocity,
bubble size distribution, mass transfer coefficient in an external
loop airlift reactor, comparison of different mass transfer model
from CFD simulation for sectionalized external loop airlift reactor,
and development of validated CFD model for scale-up and design
of sectionalized external loop airlift reactor.

2. Experimental

The schematic of the EL-ALR is shown in Fig. 1. The lab-scale
EL-ALR is made of acrylic transparent material. The geometrical
dimension of a sectionalized external loop airlift reactor is as
shown in given Table 2. The reactor has a perforated plate gas
sparger with 17 circular holes with a 3 mm diameter. Tap water
is used as a continuous fluid. Air is used as a dispersed phase
sparged at the bottom of the column. All the experiments have
been carried out at room temperature. The experiments have
been carried out in a semi-batch mode i.e. initially air was sup-
plied to the reactor continuously and water is already filled in
the reactor. The gas hold-up and liquid circulation velocity are
measured by a pressure transducer and conductivity probes con-
nected at the bottom and top of the riser section. Table 3 provides
the details of the experiments conducted.

2.1. Model parameter estimations

2.1.1. Gas hold-up (&)

The pressure monitoring system, consisting of 2 pressure
channels and a computer has been used to acquire the pressure
data at a sampling frequency of 10 Hz. The range of the pressure
is 0-30 psi (1 psi = 6.895 kPa). The pressure drop is measured by
two pressure sensors placed in the riser at 1 m distance. Pressure
Sensor has 0.1% accuracy and stainless steel (SS) body with 25%”

Table 1

Summary of previous work

Virtual mass force
coefficient
NA

Turbulent

Lift force

Drag force coefficient

CFD code Approach Bubble

Turbulence
model

Superficial

Geometry/m

Author (year)

dispersion
NA

coefficient

NA

diameter/mm

—1

velocities/m-s

Grace

Euler -Euler

ANSYS CFX
10

k-epsilon
standard
k-epsilon

RNG

Ug = 0.0059 to

0.1895

D, =0.186
Dq = 0.042

C. Lu (2009) [6]

0.5

Cym =

NA

=05

Schiller and Numan CL

Dp=3-4

Euler -Euler

Uc = 0.0253 to
0.0703

0.063
Dy = 0.107
Width

depth

D,

N. Moudoud et al. (2018)

[7]

Z. Chen (2016) [8]

NA NA

NA

Grace

NA

Euler -Euler

ANSYS CFX
13

k-epsilon
standard
k-epsilon
standard
k-epsilon
standard
k-epsilon
standard
k-epsilon

0.320
0.400

Cym = 0.5

NA NA

Grace, Schiller and Numan,

Ishii-Zuber

Dy =1-15

Euler-Lagra

ANSYS CFX

Ug = 0.01 to 0.06

D, =0.010
Dc=0.15

S.B. Pawar (2017) [9]

Negligible

CTD = 0.2

C.=05

Zhang and Vanderheyden

Dy =2-6

Euler -Euler

ANSYS CFX
5.7.1

Uc = 0.0052 to

0.171

0.2

Dg =0.1

D,

S. Roy et al. (2006) [10]

Negligible

=0.1

CTD

Cy as per

Zhang and Vanderheyden

ANSYS CEX  Euler -Euler Dy = 4-9

10

Ug = 0.0096 to
0.084

D,=02

S. Roy et al. (2008) [11]

bubble size
NA

Dgq=0.1

=0.5

Cum

Schiller and Numan NA

Euler -Euler

ANSYS

U = 0.01 to 0.05

D, = 0.07
Dq = 0.155

K. M. Dhanasekharan et al.

FLUENT 6

standard
k-epsilon
standard
k-epsilon
standard
k-epsilon
standard

(2005) [12]
J. Karcz et al. (2013) [13]

NA

NA

Dp,=5

Euler -Euler

ANSYS CFX
13

Ug = 0.013

0.1056
Dq = 0.046

D=

Cym = 0.5

NA

Schiller and Numan NA

Dy=4t06

Euler -Euler

CFDLib

Uc = 0.01 to 0.2

D, =0.102
Dy = 0.025

D. Law et al. (2009) [15]

Ug = 0.0024 to

0.012

D, = 0.094
Dq = 0.047
ANSYS

Present work

Cym = 0.5

C, as per

9.4-8.33 Grace

Dy =

Euler -Euler

bubble size

FLUENT 14
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Fig. 1. Schematic diagram of external loop airlift reactor.

Table 2
Geometrical dimensions of a sectionalized external loop airlift reactor

Sr. No Work volume/m? Dimension of riser Dimension of downcomer Height of liquid level Dimension of gas-liquid separator
(D x H)/m (D x H) [m Hy/m (D x H)/m
1 16 x 1073 0.094 x 1.510 0.039 x 1.410 1.443 0.240 x 0.330

British standard pipe (BSP) male thread. They are made of two
pressure probes approximately 3 mm apart, and encapsulated in
Stanley Steel tubing and connected to Personal computer (PC) via
the interface circuit.

The gas hold-up is one of the vital hydrodynamic parameters
which determine the rate of mass transfer as well as liquid circula-

tion velocity. The gas hold-up in the riser is determined using the
following equation:

AP

—1-2
& AP,

(1)
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Table 3
Set of experiments performed for in EL-ALR

Sr. No Set. No Gas flow rate/m>s™! Superficial gas velocity/m-s™' Flow area of the internal and diameter of plates their details/%
1 1 1.6 x 107 0.0024 (Configuration-A)
2 3.3 x107° 0.0048 No Internal (0)
3 5.0 x 107° 0.0072
4 6.6 x 107> 0.0096
5 83 x10°° 0.012
6 1.0 x 107* 0.0144
7 1.1 x 104 0.0168
1 2 1.6 x 107> 0.0024 (Configuration-B) Plate 1 to 5 each plate having same flow area 16.70% (6 mm size)
2 33 x10°° 0.0048 Total number of holes are 40, apart from 24 mm
3 5.0 x 1075 0.0072
4 6.6 x 107° 0.0096
5 83 x10°° 0.012
6 1.0 x 107 0.0144
7 1.1 x 104 0.0168
1 3 1.6 x 10°° 0.0024 (Configuration-C) Total no. of holes = 30 1.6% (2 mm size) 5.4% (4 mm size)
2 3.3 x 107 0.0048 12.2% (6 mm size)
3 5.0 x 107 0.0072
4 6.6 x 107° 0.0096
5 83 x10°° 0.012
6 1.0 x 107 0.0144
7 1.1x107* 0.0168

where AP is the dynamic pressure which is measured by a pressure
sensor located in riser section at Ug > 0, APp is measured static pres-
sure at Ug = 0 (liquid hydrostatic head)

2.1.2. Liquid circulation velocity (Vic)

The conductivity monitoring system, consisting of two conduc-
tivity probes (diameter 10 mm), a conductivity meter, an analog to
digital/digital to analog converter (ADC/DAC) and a computer has
been used to acquire the conductivity data at a sampling frequency
of 10 Hz. The locations of conductivity probes are as shown in
Fig. 1. Two conductivity probes with response time less than one
second are used in this work. The conductivity range 0-2.0 mS
and the second range is 0-20 mS is used. They simply consist of
two electrodes, approximately 3 mm apart, and encapsulated in
plastic tubing, every one of them is connected to personal com-
puter via the interface circuit. Fig. 1 shows the locations of the
probes along the column and the tracer injection point.

The liquid linear velocity (#;) in the riser sector is determined
using a tracer dose method [23,24]. Two ml sodium chloride solu-
tion is added into the riser as a pulse at the injector tap using an
air-driven injector system. The liquid conductivity reply is docu-
mented at two downstream locations using the same conductivity
probes. The time interval between the conductivity peaks and the
known vertical distance between the probes are used o determine
the liquid linear velocity. The liquid linear velocity in the riser is
determined by Eq. (2)

de

v =—
tP

2)

where d, is the vertical distance between the probes and ¢, is the
time interval between the conductivity peaks.

U, = (] — Sg)flr (3)

ULr Ar = ULd Ad (4)
Uy, A

U = Zd . 3)

The superficial liquid velocity in the downcomer (U,4) and riser
(Uyy) are determined from the Eqs. (3) and (5). The A; and A, are the
cross-sectional areas of the downcomer and riser respectively.

2.1.3. Bubble size distribution

For bubble size distribution, images are taken using a Canon
DSLR EOS 1300D camera. The size distribution is measured in the
middle section of the riser in EL-ALR. To avoid curvature effects,
the square box (150 mm x 110 mm) has been used. The images
of bubbles are taken below and above the plate by illuminating
the bubbles with diffuser backlight. The images are captured at dif-
ferent superficial gas velocities for plate configuration B (Plate-1)
as shown in Fig. 2.The Web Plot Digitizer software is used to esti-
mate bubble minor axis and major axes of ellipse-shaped bubbles.

The study of bubble size distribution and shapes by using image
analysis is a matter of rigorous research. In the literature many
researchers [25-29] have discussed that the bubble shape is totally
defined by knowledge of its major axis and minor axis. In this
research, each bubble is approximated and reconstructed by using
ellipses. The average size of bubble is determined for the superfi-
cial gas velocity ranging from 0.0024 to 0.0168 m-s~'. The effect
of bubble size distribution for different superficial gas velocity
for the plate configuration B (plate —1) is as shown in Fig. 2.

The size of the bubbles (ellipse) and a number of a bubble are
varying with superficial gas velocity. The equivalent diameter of
the ellipse is determined by using major axis 2a and minor axis
2b of bubbles. The Finally equivalent diameter D, and aspect ratio
are obtained as:

¥ =b/a (6)
Deq =2 Va?b (7)
ZNn,— d;
s = i = 75 (8)
’ Y, dl:2¥i

where dp; is the diameter of bubble classes i and n; is the number of
the bubbles of size class i respectively and n is the number of classes
used for the distribution.

2.1.4. Liquid axial velocity (Up)

The liquid axial velocity is measured by using an ultrasonic
velocity profile instrument. The principal to the obtained velocity
profile information is based on ultrasonic echography and doppler
effect. The liquid average axial velocity is measured in downcomer
at height H = 950 mm from the bottom for superficial gas velocity
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@ (e)

® ®

Fig. 2. For different superficial gas velocities the bubble size distribution for plate configuration-B (Plate-1) (a) 0.0024 m-s~! (b) 0.0048 m-s~' (c) 0.0072 m-s~' (d)

0.0096 m-s~! (e) 0.012 m-s~! (f) 0.014 m:s~! (g) 0.016 m-s™ .

ranging from 0.0024 to 0.012 m-s~! as shown in Fig. 1. An ultra-
sonic transducer is emitted pulsed ultrasonic wave propagates to
the fluid inside the downcomer: Impurities and contaminations
in the fluid (seeding particles for laboratory use) reflect the wave
and the transducer receives the echo. Transducer device is capable
of transforming an electrical signal to ultrasonic vibrations
(waves). It emits these waves into media surrounding its active
face. In reverse, transducer works as a receiver of ultrasonic waves
and changes them to electric signals.

2.1.5. Volumetric mass transfer coefficient
The volumetric mass transfer coefficient (k;a) is measured using
the graphical method. The initial oxygen concentration is reduced

to zero by adding nitrogen gas. Nitrogen being inert in nature does
not cause any changes to the coalescing properties of tap water.
The mass balance for the dissolved oxygen in the well-mixed liquid
phase can be established as

% =Ka(c" —c) (9)
where c is the oxygen concentration, dc¢/dt is concentration gradient
of liquid phase, c* is the equilibrium dissolved oxygen concentra-
tion. Some measuring methods are based on Eq. (9) and different
techniques for measuring the dissolved oxygen and concentration
can be used. The concentration of dissolved oxygen measured using
a dissolved oxygen probe that is located at the riser and downcomer
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section as shown in Fig. 1. The tip of the one probe is downward and
anther upward at an angle of 20° to the horizontal prevents gas
bubble adhering to the tip.

In order to calculate the volumetric mass transfer coefficient Eq.
(9) is first integrated and the graph of In (¢* — ¢/c* — ¢o) vs time is
plotted.

In (CC_‘CCO> — Kia(t) (10)

The slope of the graph is equal to the volumetric mass transfer
coefficient in whole reactor.

The volumetric mass transfer coefficient is average of local mass
transfer at gas-liquid interface. Such local mass transfers are
expressed by governing equation of local concentration.

OSL CL
ot

The governing Eq. (11) can be solved from analytically. The local
mass transfer coefficient and diffusion in each part of reactor is
accounting. The local mass transfer coefficient is determined by
classical theory of mass transfer models from Section 3.4 given
below. The terms accounting for molecular diffusion D,,, turbulent
diffusion D, and interfacial mass transfer in Eq. (11) can be com-
pared with the terms of the overall Eq. (9).

We obtained following equation for the conservation average
concentration:

+V-.eaU, =V & ((Dn+D)(V-c)) + Kea(c* —c) (11)

ac ac o*c
&-i- ULa—ZfDA@—H(La(c —0) (12)
where D, is axial dispersion coefficient, this includes molecular dif-
fusion, turbulent diffusion and spatial dispersion. The overall mass
transfer coefficient is depends on axial dispersion coefficient.

2.1.6. Power consumption (Pg)

The effect on power input for different plate configurations has
been studied in the present work. The specific power input has
been estimated using Eq. (13).

P g
Vtotal

—Ugx p, xgx (1-¢&) (13)

where Pg/Viqa is total specific power consumption and c¢ is a gas
hold-up in the riser section. The correlation has been made for
specific power consumption with bubble size distribution for plate
configuration A & C.

3. Mathematical Modeling
3.1. Governing equation

The Eulerian-Eulerian multiphase model is used to simulate the
hydrodynamics of flow in this study. The continuous and disperse
of phases are treated as on interpenetrating media identified by
their local volume fractions. The system considered a continuum
and averaged transport equations are determined for each phase.
The Reynolds averaged mass and momentum balance equations
are solved for each of the phases.

Phasic volume fractions define the region occupied by each
phase and are incorporated into the conservation equations for
mass and momentum. The phase volume fraction oo must satisfy
the relation:

n
S ou=1 (14)
k=1

where n is the total number of phases. The conservation equations
are written by performing a collaborative average of the local

instantaneous balance for every phase. Only two phases are needed
to describe gas-liquid flows, n = 2. The liquid is modelled as the con-
tinuous (primary) phase and gas is modelled as the dispersed (sec-
ondary) phase. CFD simulation in an external loop airlift reactor has
been carried out using standard k-epsilon the model.

3.2. Continuity equation

0
i (Prée) + V(Prét) = 0 (15)

3.3. Momentum transfer equation
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Fig. 3. Regime diagram for the shape of bubbles ascending in a quiescent fluid
according to bubble shapes as a function of terminal Reynolds number Re,, and
E6tvos number Eoq [36].

0
T (préli) + V(prexukly) = =V (&Tk) — & VP + &xp & + My (16)

Table 4
Grids description of 3D simulation
Sr.No Mesh Cell number Descriptions
1 Grid-1  Grid-1 (E-1619020)  Full domain AX = 0.002 m Sparger
AX = 0.002 m
2 Grid-2 Grid-2 (E-221830)  Full domain AX = 0.004 m Sparger
AX =0.002 m
3 Grid-3  Grid-3 (E- 221217)  Full domain AX = 0.006 m Sparger
AX =0.002 m
4 Grid-4 Grid-4 (E-22135) Full domain AX = 0.007 m Sparger
AX = 0.002 m
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The terms on the right-hand side of Eq. (16) are representing
the stress, pressure gradient, gravity and the ensemble-averaged
momentum exchange between the phases. The stress term of
phase k is described as

= g (Vi + (V" - 217w ) (17)

where, i, is effective viscosity. The effective viscosity of the liquid

phase is composed of three contributors, such as molecular viscos-
ity, turbulent viscosity and an extra term due to bubble induced tur-
bulence [10,11,30].

:uejf,L =+ :uT,L + Ugy (18)

The calculation of effective gas viscosity is based on effective
liquid viscosity which is as follows:

pG
U = ﬁ:uejf,L (19)

Turbulence induced by the movements of bubbles can be calcu-
lated by the model proposed by Sato and Sekoguchi:

Mprp = PrCusi & dp |/JG - /’LL} (20)

With a model constant C,. 5 = 0.6
In order to close the system of equations, turbulent eddy viscos-
ity has been formulated using turbulent kinetic energy (k) and tur-
bulent energy dissipation (€)
2

k
Urp =Py e (21)

The turbulent kinetic energy and turbulent energy dissipation
are calculated by following a governing equation

bl y
o¢ Puek) + V(pierurk) = —v(sL a UfiL Vk) —e(G-pe)  (22)

The rate of dissipation of turbulent kinetic energy is calculated
from its governing equation

0 o €
i (peL€) + V(p erure) = —V<8L$Ve) + Csl‘SLE(G + Ci3Gp) — Capy€
&
(23)

(a) 2 mm size (b) 4 mm size

(c) 6 mm size

The standard model parameters are considered in present sim-
ulations such as C;, = 0.09, C;y = 1.44, C» = 1.92, C3 = 1.3, 0=1.0
and o, = 1.3. The term G in the above equation is related to the pro-
duction of turbulent kinetic energy and described by:

G= T : VUL (24)

These equations are solved by using the finite volume approach.
The various correlations are used to near the system of equation.

The term momentum exchange energy interfacial force M in
Eq. (16) is represent the interaction forces between the continuous
and dispersed phase. The forces acting on a motionless bubble in
liquid are pressure and gravity. Since there is usually, relative
motion between the bubble and liquid, the liquid flow around indi-
vidual bubbles leads to local variations in pressure and shear
stress. A bubble imbedded in a flowing fluid is influenced by a
number of mechanisms, acting on it due to the interaction at the
gas-liquid interface. The single particle is moving through fluid
experience forces that affect its motion. If the slip velocity is con-
stant, the force is called drag. If the motion is non-uniform, one
needs to extend the concept of drag to include various other forces

0.200 —— Grid-1 2 mm Size

—— Grid-2 4 mm Size
— Grid-3 6 mm Size
—— Grid-4 7 mm Size

0.175
0.150
0.125
0.100 |
0.075

0.050 -

Liquid axial velocity/m-s™!

0.025

0_

_0.025 1 1 1 1 1 1 1 L 1
—0.05-0.04 -0.03 —0.02 -0.01 0 0.01 0.02 0.03 0.04 0.05

X Cordinate/m

Fig. 5. Simulation results of the liquid axial velocity in riser section at H = 675 mm
for superficial gas velocity 0.0072 m-s~' with different grid sizes.

seut
-

SR treemsss sttty
v i
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-
SRR TR
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(d) 7 mm size

Fig. 4. Computation grid and grid sizes.
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such as virtual mass force, lateral lift force, turbulent dispersion Ch— é gds (p, — pg)

force and wall force. Therefore, the total interfacial force acting P73 Vi o (26)
between the two phases can be formulated as . . .
where V7 is the terminal velocity
My = —Mic = Mp; + My + Mymy + Mipr + Mw, (25) o140
v. M Mo (] — 0.857) 27)
(1) Drag force (Mp,) T 0, ds
The various researchers [6,8,31] have recommended the follow-
ing correlations for drag formation in two-phases flows in an exter- J= {0'094 H%77) « H < 593 } (28)
nal loop airlift reactor.

(3) Plate- 0 (b) Plate - 1 (©) Plate-2 (d)Plate-3 (&) Plate-4 (® Plate-5

Fig. 6. CFD geometrical view of EL-ALR for plate configuration A & B.

(a) 6 mm (b) 2 mm (c) 4 mm (d) 6 mm
(16.70 % flow area) (1.6 % flow area) (5.4 % flow area) (12.2 % flow area)

Fig. 7. Geometry of plate configuration B & C.
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Table 5
Simulation settings

Multiphase model

Viscous model

Turbulent multiphase
model

Primary fluid

Secondary fluid

Boundary condition
Inlet

Outlet

Wall

Bubble diameter
Drag force
Non-drag force
Lift coefficient

Euler-Euler two-phase model
k-epsilon RSM model standard wall function
Dispersed

Water
Air

Velocity inlet specified

Turbulent intensity (10%) and hydraulic
diameter is

specified as 3 mm

Pressure outlet

Pressure is specified at atmospheric condition
Backflow turbulent intensity (5%)

Backflow hydraulic diameter of outlet is
specified

0.24 m

No-slip condition

According to plate configuration A & B Table 8
According to Grace Model

Virtual mass coefficient was used 0.5
According to Author Tomiyama relation Eq. (33).

Surface tension Constant 0.0712 N-m™!
Solution methods
Solution Pressure velocity coupling
Phase couple simple
Spatial discretization
Gradient
Momentum
Volume fraction

Turbulent kinetic

Least squares cell-based
First order upwing
First order upwing
First order upwing

energy
Turbulent dissipation First order upwing
rate
Superficial gas velocity ~ 0.0024 m-s~' to 0.0168 m-s~!
Time step 0.001 s
0.2
N
0.18 Homogenous flow regime
0.16
0.14
a 0.12 Plate-0
=
=2
2 0.1 —&— Plate-1
4
© 0.08 =& Plate-2
0.06 —&— Plate-3
g Plate-4
0.04
—#&— Plate-5
0.02
0

0 0.002 0.004 0.006 0.008 0.01 0.012 0.014 0.016 0.018

Superficial gas velocity/m-s!

Fig. 8. Flow regime map of external loop airlift reactor with plate configuration
A&B.

Table 6
Experimental and CFD predictions of gas hold-up for plate configuration-B
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J= {3.42 HO“'H > 59.3} (29)

H= %Eo Mo 014 <ﬂ> (30)
:uref

where, Mo is Morton number which considers physical properties of
two phases.

wtgAp
Mo==">5" (31)

where, ¢ is the surface tension between the phases. The reference
kinematic viscosity is taken as ., = 0.0009 kg - m~' - s~1.

(2) Transversal or Lateral force (Lift force) (M)

Many experimental studies suggest that lateral movement of
the bubble depends on bubble size, as small bubbles tend to move
towards the wall of the vessel and larger bubbles towards the cen-
tre of the vessel [32-34]. The parameters affecting the transverse
force acting on a spherical bubble in shear flow are (a) relative
velocity between dispersed and continuous phases; (b) shear rate
of continuous phase; (c) bubble rotational speed; and (d) non-
slip or slip boundary condition at bubble surface.

M]__]_ = —CL P %c (UG — UL) X (V X UL) (32)

For a spherical bubble the shear lift coefficient (C;) is positive as
lift force acts in the direction of decreasing liquid velocity, i.e. in
case of co-current pipe flow, it acts in the direction towards the
pipe wall. The experimental [35] and numerical research showed
that the direction of the lift force changes its sign if a substantial
deformation of the bubble occurs. The lift coefficient C; depends
on the E6tvos number for a water-air system at normal conditions.
The following equation was proposed in the literature [35] to
determine the lift coefficient (Cy).

min [0.288 tanh (0.121Re), f (Eog)]Eou < 4
CL = f(Eoa) = 0.00105E> — 0.0159E%, — 0.0204E,q + 0.4744 < E,q < 10
~0.29E,; > 10
(33)

where, E,4 is a non-dimensional E6tvés number. The average size of
the bubble is determined from experimental analysis for different
plate configurations A, B and C.

The experimental bubble size distribution is determined for dif-
ferent plate configuration A and B as given in Table 8. At the low
E6tvés number bubble is maintain spherical shape and moves
towards the wall while at high Eo6tvés number it becomes
deformed and moves towards the centre of the riser. The reason
behind this is formation of slanted “vortex behind the deformed
bubble causing bubble to migrate to the riser centre in an external
loop airlift reactor. The relation between terminal Reynolds num-
ber, Re;, and Eotvos number on bubble shape is already reported
in the literature as shown in Fig. 3.

Sr. No Superficial gas velocity/m-s™ Experimental and CFD prediction of gas holdup, &
Plate-5 Plate-4 Plate-3 Plate-2 Plate-1 Plate-0
1 0.0024 0.09 (0.08) 0.08 (0.07) 0.07 (0.06) 0.06 (0.053) 0.05 (0.041) 0.043 (0.033)
2 0.0072 0.13 (0.12) 0.12 (0.11) 0.12 (0.11) 0.11 (0.105) 0.10 (0.10) 0.095 (0.085)
3 0.012 0.16 (0.17) 0.16 (0.16) 0.15 (0.16) 0.14 (0.155) 0.13 (0.15) 0.128 (0.13)
4 0.0168 0.185(0.19) 0.18 (0.19) 0.17 (0.18) 0.169 (0.18) 0.15(0.17) 0.149 (0.16)

Bracket number indicate simulation results of gas hold-up.
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Fig. 9. Overall gas hold up contours for superficial velocity of gas Ug = 0.0024 m-s~"' for plate configuration A & B. (a) Plate-0 (b) Plate-1 (c) Plate-2 (d) Plate-3 (e) Plate-4 (f)

Plate-5.
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Fig. 10. Overall gas hold up contours for superficial velocity of gas Ug = 0.0072 m-s~! for plate configuration A & B. (a) Plate-0 (b) Plate-1 (c) Plate-2 (d) Plate-3 (e) Plate-4 (f)

Plate-5.
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(3) Virtual mass force (Mym. 1)

When a bubble accelerates in a liquid phase, it will also acceler-
ate the neighbouring liquid around it. The general expression for
this force is developed [37] and the virtual mass force is calculated
[38] by:

D
Mymr = —&c p; Cvmﬁ (ug —ur) (34)
t
where, the coefficient C,, is added/virtual mass coefficients and it
corresponds to the volume fraction of the liquid that is accelerating
with the bubble. In the present simulation, the value of virtual mass
coefficient is used as 0.5.

3.4. Mass transfer model

The complete volumetric mass transfer coefficient (k.a) is mea-
sured from the product of the overall mass transfer coefficient (k;)
and specific interfacial area (a;) per unit liquid volume. The specific
interfacial area (a;) for mass transfer related to mean bubble diam-
eter (dg) and overall gas hold-up (gg) is given by a well-known
equation given as

- 6 &g
~dp(1 — &)

Air. volume fraction _
Contour 1

0.990

ai (35)

0.497
0.249
0.125
0.063
0.031
0.016
0.008
0.004
0.002

0.001

@) ) (©)

There are certain models available in the literature for comput-
ing local mass transfer coefficient (k;) but the usually used model is
based on penetration theory [39] and surface renewal model and
two film models. The liquid phase mass transfer coefficient of a
bubble with a movable surface is according to penetration theory
by [39] represented by

Dy

=2
ki T L,

(36)

where D diffusivity of oxygen in water and t, is contact time is cal-
culated from Kolmogorov’s length scale of isotropic turbulence as
calculated from (\/t. = \/Vi/€; where v, kinematic viscosity of lig-
uid and ¢, turbulent eddy dissipation rate. Eq. (37) becomes

penetration 2 05 (€l 025
penearton __2_ pos (& (37)
\/ﬁ Vi
penetration

The Eq. (37) model is specified as k; . The mass transfer
coefficient (k;) suggested by Danckwert [40] is given by equation
k. = /D; s Where s is a fraction of surface renewal rate. The D, is
the diffusivity of oxygen in the water. The mass transfer coefficient
is related to an average surface renewal rate of bubble interface

@ (e) H

Fig. 11. Overall gas hold-up contours for superficial velocity of gas Ug = 0.012 m-s~! for plate configuration A & B. (a) Plate-0 (b) Plate-1 (c) Plate-2 (d) Plate-3 (e) Plate-4 (f)

Plate-5.

Table 7

Experimental and CFD predictions of liquid circulation velocity for plate configuration-B

1

1

Sr. No Superficial gas velocity/m-s~ Experimental and CFD prediction of liquid circulation velocity, Uy, /m-s~
Plate-5 Plate-4 Plate-3 Plate-2 Plate-1 Plate-0
1 0.0024 0.23 (0.22) 0.25 (0.24) 0.33 (0.32) 0.35 (0.34) 0.50 (0.51) 0.72 (0.732)
2 0.0072 0.36 (0.35) 0.46 (0.45) 0.61 (0.60) 0.93 (0.94) 1.17 (1.18) 1.27 (1.28)
3 0.012 0.51 (0.50) 0.88 (0.87) 1.11(1.12) 1.79 (1.80) 2.16 (2.20) 2.29 (2.309)
4 0.0168 0.85 (0.82) 1.72 (1.73) 2.15 (2.16) 2.72 (2.71) 2.94 (2.99) 3.0 (3.09)

Bracket number indicate simulation results of liquid circulation velocity.
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Fig. 12. Liquid circulation velocity vector for superficial velocity of gas Ug = 0.0024 m-s~ for Plate configuration A & B. (a) Plate-0 (b) Plate-1 (c) Plate-2 (d) Plate-3 (e) Plate-4
(f) Plate-5.
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Fig. 13. Liquid circulation velocity vector for superficial velocity of gas Ug = 0.0072 m-s~' for plate configuration A & B. (a) Plate-0 (b) Plate-1 (c) Plate-2 (d) Plate-3 (e) Plate-4
(f) Plate-5.
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between eddies with variable contact time. The mass transfer coef-
ficient (k;) so suggested by many researchers based upon a theory
of isotropic turbulence is given by

€ 0.25
k:ddy cell _ I(D[O'S (ai) (38)

The Eq. (38) model is signified as k¥ “" and usually referred to
as the eddy cell model. Where D, is the oxygen diffusivity in water
vy is the dynamic viscosity of a liquid ¢, is turbulent eddy dissipa-
tion rate and k = 0.4 (model constants).

slip velocity i DI Uslip
kS -2\ d (39)

where Uy is slip velocity of two phases (gas and liquid). Which can
be determined by a difference in gas-liquid velocity from CFD sim-
ulation. In Ref. [41] modified the equation of mass transfer coeffi-
cient (k;) based on bubble rigidity and is signified as k;""#¢ and
this is achieved from the equation suggested by [42] boundary
value theory based on laminar flow.

igid Usip\ > 23

rigid slip -1/6
where Cis constant taken equal to 0.6 and v, is the kinematic viscos-
ity of water. The volumetric mass transfer coefficient (k.a) is deter-
mined by using a mass transfer coefficient of different models and
specific interfacial area (a) which was determined from Eq. (35).
The graphical method is used to determine the experimental volu-
metric mass transfer coefficient and already described in previous
Section 2.1.5. The experimental volumetric mass transfer coefficient

Water volocity/m-s
s N n

Vector 1
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r0.272
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5

$
¥
!
:
&

0.078

0.039

L~

0.000

@ (®) (©)

for different plate configurations A and B are compared with differ-
ent mass transfer models discussed in the next section.

3.5. Computational grid

The grid convergence studies are carried out for verifying the
grid independence of the solution. The number of grid nodes in
the X, Y, and Z direction in the external loop airlift reactor are
shown in Table 4. The four grids are generated which comprises
of 1,619,020 (Grid-1), 221,830 (Grid-2), 221,217 (Grid-3) and
22,135 (Grid-4) elements respectively. The finer grid is employed
near the sparger region so that the strong velocity gradients in
the flow can be addressed accurately. The meshing and different
grid sizes are generated as shown in Fig. 4. The liquid axial velocity
is calculated in the riser section at H = 675 mm height from the
bottom and the superficial gas velocity 0.0072 m-s~! is used. In
comparison of liquid axial velocity for grid size of 1,619,020
(Grid-1) and 221,830 (Grid-2) it shows that a similar result liquid
axial velocity is obtained as shown in Fig. 5 Hence, 221,830
(Grid-2) is adapted for further simulation, which eventually
decreases computational cost and time for the simulation.

3.6. Numerical solution

The non-commercial software of computational fluid dynamics
ANSYS FLUENT 14.0 is used to perform CFD simulations. The geom-
etry of EL-ALR and for different plate configuration B & C are gen-
erated and illustrated in Figs. 6 and 7. The High-resolution
discretization scheme is used to discretize partial differential equa-
tions. The finite volume method is adopted to solve the equations.
The simulation is carried out using the unsteady state approach.

&

>
4
5
-

2o
5

@

Fig. 14. Liquid circulation velocity vector for Superficial velocity of gas Ug = 0.0120 m-s~! for plate configuration A & B. (a) Plate-0 (b) Plate-1 (c) Plate-2 (d) Plate-3 (e) Plate-4

(f) Plate-5.
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Pressure-velocity coupling is done by using a Semi-Implicit
Method for Pressure Linked Equations (SIMPLE) algorithm. The
top surface of the sparger under the EL-ALR is defined as a velocity
inlet. Degassing boundary condition is used to model the top sur-
face of the reactor such that gas is only allowed to escape the reac-
tor, not the liquid allowed. At the EL-ALR wall, no-slip boundary
condition appears. In all the simulations, an air dispersed phase
density of 1.225 kg-m~> and viscosity of 1.7894 x 107> kg-m~!.s~!
are used and water continuous phase density of 998.2 kg-m > and
viscosity of 1.003 x 1072 kg-m~!.s~! are used. The average bubble
size diameters are determined from experimental for different
superficial gas velocities ranging from 0.0024 m-s! to
0.0168 m-s~!. This measured value of the bubble diameter is then
used for carrying out simulations. The effective bubble diameters
are then set according to the experimental data. Each simulation
step has taken 0.001 s for maximum of 20 iterations. The conver-
gence criterions for all transport equation are set as 1 x 107°.
The simulation settings are given in Table 5.

0.48
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0.32

0.24

0.16

Liquid axial velocity/m-s
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0 0.2 0.4 0.6 0.8 1.0
Normalised radial distance (x/X)

(a) Us=0.0024 m's™"

4. Results and Discussion
4.1. Effect of internal on gas hold-up

The flow regime is very important to flow structure, or distribu-
tion of one fluid phase relatively to the other in external loop airlift
reactor. The flow regime is used to scale up of external loop airlift
reactor. We have used drift-flux model of Zuber and Findlay (1969)
is reported in the literature [43] for identification of flow regime in
external loop airlift reactor. (i) A homogeneous bubbly flow, the
bubbles rise individualistically in riser without merging with one
another. This regime exists over the approximate gas velocity
range, U < 0.0168 m-s~!, where the gas hold-up increases contin-
uously with increase in gas velocity. (ii) A transition flow regime
which is shifting of flow regime from homogenous to the heteroge-
neous regime. Plume velocity slowly converts from into a straight
line to oscillating nature in this regime. The rate of increase in gas
hold-up with increasing gas flow velocity is much lower than in the
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Fig. 15. Experimental and simulation result of liquid axial velocities in dowancomer at height (H = 950 mm) for different superficial gas velocity for plate configuration A.
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Fig. 16. Experimental and simulation result of liquid axial velocities in dowancomer at height (H = 950 mm) for different superficial gas velocity & plate configuration B. (1)

Plate-1 ([0) (2) Plate-2 (<) (3) Plate-3(A) (4) Plate-4 (O) (5) Plate-5 (+).

bubbly flow regime (iii) the fully developed heterogeneous flow
(Ug > 0.020 m-s~!) involves gas flow in riser section where plume
is more oscillating due to superficial gas velocity & the concentra-
tion of bubbles increases and coalescence begins. The experimental
gas hold-up is determined for different plate configurations.

In the present work experiment is performed under the condi-
tion of homogenous flow regime. The superficial gas velocity is
used from 0.0024 to 0.0168 m-s~'. The biological processes are
shear sensitive and may not withstand harsh turbulent conditions
at higher superficial gas velocities. The dissolved gas concentration
requirement for bioprocesses in limited and depends on the uptake
by the microorganisms. Hence lower gas velocities suffice these

applications. Hence the operating range of gas velocities has been
chosen on lower side. The flow regime map of external loop airlift
reactor with plate configuration A & B as shown in Fig. 8.

The 3D CFD simulation is conducted and validated with exper-
imental results of gas hold-up. It can be seen from Table 6, the
experimental and CFD prediction of the gas hold-up is in good
agreement. From experimental studies, it has been observed that
air bubbles are deposited below each internal plate as shown in
Fig. 2. The air volume fraction can be seen from CFD simulation
on the centre of the XY plane in a reactor for superficial gas velocity
(Ug = 0.0024, 0.072, and 0.0120 m-s~ ). The air volume fraction is
found to be more below each of the plate in sectionalized EL-ALR
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Fig. 17. Sauter mean bubble diameter vs. superficial gas velocity for plate
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Table 8
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as shown in Figs. 9-11. Plate configurations A to B also showed
increased air volume fraction as shown in Table 6.

4.2. Effect of internal on liquid circulation velocity

The liquid circulation velocity is one of the greatest significant
parameters for the proper design and operation of airlift reactors.
The experimental liquid circulation velocity is determined from
tracer techniques & the measuring method is discussed in the pre-
vious Section 2.1.2. An increase in liquid circulation velocity
resulted in an increase in superficial gas velocity for plate configu-
ration A (no internal) and for plate configuration B, it is seen that
an increase in superficial gas velocity from 0.0024 to 0.0120 m-s ™!
resulted in decreases of overall circulation velocity also shown in
Table 7. From simulations data, it is observed that by adding plates
from O to 5, liquid circulation velocity decreases with internal plate
configuration A & B as shown in Figs. 12-14. It has been observed
from Table 7, predicted and experimental liquid circulation veloc-
ities are in good agreement. From the CFD simulation of each com-
partment in sectionalized EL-ALR, liquid circulations have been
observed as shown in Figs. 12-14. The overall liquid circulation
velocity depends upon the percentage flow area of each plate. From
CFD simulation above the sparger plate, liquid plume velocity is
observed in the range of U; = 0.072 to 0.0120 m-s~! for plate con-
figuration A (No internal). Plume velocity is not observed in plate

Experimental bubble size distributions for different superficial gas velocity for plate configuration A & B

Sr. No Superficial gas velocity, Ug/m-s™! Average bubble size for plate configuration-A/m Average bubble size for plate configuration-B/m
Plate-0 Plate-1 Plate-2 Plate-3 Plate-4 Plate-5
1 0.0024 0.0094 0.008 0.0069 0.006 0.0053 0.0047
2 0.0048 0.0095 0.0083 0.0073 0.0065 0.0058 0.0052
3 0.0072 0.01 0.0086 0.0071 0.0059 0.005 0.0043
4 0.0096 0.0097 0.0086 0.0077 0.0069 0.0062 0.0057
5 0.012 0.01 0.0085 0.0073 0.0063 0.0055 0.0049
6 0.0144 0.0093 0.0079 0.0067 0.0058 0.0051 0.0045
7 0.0168 0.0083 0.0071 0.0061 0.0054 0.0047 0.0042
Table 9
Sauter mean bubble diameter correlation for the plate configuration A & C
Plate configuration A & C Range of bubble diameter/m Correlation
Configuration - A
Plate 0 (No internal) 0.0094 - 0.0083 dg = 0.0109 (Pg/vtotal)iobmzz
Configuration - C
Plate 2 mm size holes 0.0036 - 0.0043 dy = O~002753(Pg/vtu‘al)70‘101
Plate 4 mm size holes 0.0065 - 0.0051 dg — 0-0084(Pg/tha1)70 0908
Plate 6 mm size holes 0.0067- 0.0059 dg = 0.008 (Pg/Viotal) 0037
Table 10
Mass transfer model comparison for sample superficial gas velocity Ug = 0.0072 m-s~! for plate configuration A & B
Plate configuration CFD simulation, k; x 10%/m.s™" dg/m Specific interfacial area/m?.m—3
Penetration model Eddy cell model Slip velocity model Rigid cell model
A
Plate-0 1.9 0.12 0.84 0.158 0.01 68
B
Plate-1 2.1 0.13 0.8 0.15 0.0086 90
Plate-2 1.9 0.12 0.92 0.17 0.0071 107
Plate-3 2.1 0.13 1 0.2 0.0059 127
Plate-4 2 0.12 0.91 0.17 0.005 145
Plate-5 2.3 0.14 0.94 0.17 0.0046 173
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configuration B due to internal plates as shown in Fig. 12 (b-f) to 14 method is discussed in the previous section. The liquid axial veloc-

(b-f). ity is measured in a downcomer in sectionalized EL-ALR at eleva-
tion of 400 mm as shown in Fig. 1. The liquid flow in the
4.3. Effect of internal on liquid axial velocity downcomer section is downward at elevation (H = 400 mm) higher

due to gravity. The superficial gas velocity ranging from 0.0024 to
Experimental liquid axial velocity has been determined from 0.012 m-s~! is used and it is seen from experimental studies that
ultrasonic velocity profile (UVP) Instrument. The measuring liquid axial velocity is higher at the centre region and low near-
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model model model model
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Fig. 18. Contours of liquid phase volumetric mass transfer coefficient (k a) obtained from CFD simulation for different mass transfer models. (a) Penetration model (b) Eddy
cell model c) Slip velocity model (d) Rigid model for plate 0 & 1 configuration (A & B) for different bubble diameter.
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wall region. The liquid axial velocity is compared for plate config- in the reactor. The effect of sectionalisation on overall liquid circu-
urations A & B as shown in Figs. 15 and 16. It has been observed lation reduce due to sectionalisation. It has been observed that k-
that liquid axial velocity decreases due to sectionalisation by add- epsilon models shows good agreement between experimental

ing plates. In addition, CFD simulation has shown that liquid axial and prediction of liquid axial velocity. similar observation regard-
velocity totally depends upon the overall liquid circulation velocity ing the good prediction of axial liquid velocity and fractional gas

Penetration Eddy cell Slip velocity Rigid
model model model model
kals"
5.00
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I a3sx00
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3.30x10°
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(2 (b) © ()

Fig. 19. Contours of liquid phase volumetric mass transfer coefficient (k a) obtained from CFD simulation for different mass transfer models. (a) Penetration model (b) Eddy
cell model (c) Slip velocity model (d) Rigid model for plate 2 & 3 configurations (B) for different bubble diameter.
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hold-up using the k-epsilon model is reported in the literature and
as shown in Table 1. The results are shown in Figs. 15 and 16, i.e.
excellent agreement between CFD predictions and the experimen-
tal data for the liquid axial velocity.

4.4. Effect of internal on the bubble size distribution

The experimental method to determine bubble size distribution
in sectionalized EL-ALR is already discussed. Sample photos

Penetration
model

Eddy cell
model

()
(@) (b)

Slip velocity
model

(©

© (@
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of the actual bubble size distribution for superficial gas velocity
(Ug = 0.0024-0.016 m-s~!) are shown in Fig. 2. The geometry of dif-
ferent plate configurations are as shown in Fig. 7. In plate configu-
ration C (2 mm hole Plate, 4 mm hole Plate, 6 mm hole Plate) the
bubble size distribution has been determined for both, above &
below plate as shown in Fig. 17. The plate configurations A & B
are used to determine and compare average bubble size distribu-
tion when superficial gas velocity is ranging from 0.0024 to
0.0168 m-s~'. The experimental average bubble size is determined

Rigid
model

k alst
5.00

1.48
4.35 %107
1.28 %10

3.79x102

(d) - 1.12x10?2
3.30%103
- 9.73x10*
2.87 x10*

8.47 x10°

2.50%10%

Fig. 20. Contours of liquid phase volumetric mass transfer coefficient (k a) obtained from CFD simulation for different mass transfer models. (a) Penetration model (b) Eddy
cell model (c) Slip velocity model (d) Rigid model for plate 4 & 5 configurations (B) for different bubble diameter.
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for plate configuration B. In plate configuration B, each plate has
same flow area and by adding number of plates from 1 to 5 average
size of the bubble decreases as shown in Table 8. Experimental
average bubble size data is used in CFD simulation for prediction
of gas hold-up, liquid circulation velocity and liquid axial velocity
in sectionalized EL-ALR. The correlation for Sauter means bubble
diameter and specific power consumption is determined for plate
configuration A & C as shown in Table 9.

-, f m

Vtotal

The variation of Sauter means bubble diameter is shown in
Fig. 17 for plate configuration- C. It has been observed that Sauter
means bubble diameter in EL-ALR with perforated Plates
configuration-A decrease with increases of specific power dissipa-
tion as shown in Fig. 17. In plate configuration C with 2 mm hole
plates, the Sauter mean bubble diameter slightly increases with
increase of total specific power consumption, whereas for 4 mm
plate and 6 mm plate it increases with total specific power con-
sumption increases 2 mm plate produce majority of bubbles (ap-
proximately 70 %) with diameter 0.0036 to 0.0043 m. The bubble
size decreases with the size of the opening on the plate (2 mm,
4 mm and 6 mm holes size of plates) as shown in Fig. 7.

4.5. Prediction of mass transfer coefficient

Superficial gas velocity values are used in the range from 0.024
to 0.012 m-s~! for the prediction of the mass transfer coefficient
using different models. All models of mass transfer coefficient

(Penetration model, eddy cell model, slip velocity model, rigid
model) have been compared for plate configuration A and B at
Uc = 0.0072 m-s~! and results are as shown in Table 10. It has been
observed that the penetration and slip velocity model predict
higher values of mass transfer coefficient as compared to other
two models. Eddy cell model and rigid model showed fair agree-
ment between experimental and simulated results therefore. These
models can be accepted as the final model for the estimation of k;.
The penetration and eddy cell model does not give a significant dif-
ference in the values of k; for an increase in plate no from 1 to 4, in
the case of configuration B as shown in Table 10. The experimental
bubble size is determined for plate configuration A, B and these
bubble size used in the simulation. A decrease in the bubble size
is observed from 0.010 m to 0.046 m from plate no O to 5 (config-
uration A to B). The interfacial area available for mass transfer also
increases (68-173 m?-m>) on increasing plate no for 0-5 plates
(configuration A to B) as shown in Table 10.

The sample contours of volumetric mass transfer coefficient
(kua) at superficial gas velocity Ug = 0.0072 m-s~! are determined
for plate configuration A & B and are shown in Figs. 18-20. It has
been also observed that the penetration and slip velocity model
gives higher results of the mass transfer coefficient than the other
two models.

Fig. 21 shows experimental and simulated data obtained from
the CFD (using Eqs. (37)-(40)) for plate configuration A. As shown
in Fig. 21, the predicted data obtained from Egs. (38) and (40) are
in good agreement with the experimental data; however, some
deviations are observed between two. The predicted data obtained
from Fig. 21. From Fig. 21 showed large deviations from experi-
mental data as shown in Fig. 21. From Fig. 21 shows that the rigid
cell model predicts mass transfer coefficient more effectively than
other models, for plate configuration A. therefore, it has been obvi-
ous to use rigid cell model for further calculation of mass transfer
coefficient from CFD simulation for plate configuration B.

The Fig. 22 shows a comparison between experimental and CFD
estimated volumetric mass transfer coefficient for the plate config-
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Fig. 21. Comparison of experimental and predicted of volumetric mass transfer
coefficient for different mass transfer coefficient model. (®) Penetration model (M)
Eddy cell model (A) Slip velocity model (®) Rigid cell model (+) Experimental with
plate configuration A.

uration B. The volumetric mass transfer coefficient from CFD sim-
ulation and experimental data are in good agreement for plate no 1
to 5 in configuration (B). In comparison with different mass trans-
fer model, rigid cell model gives better predictions of the mass
transfer coefficient in the sectionalized external loop airlift reactor.
In an external loop airlift reactor with the internal, random and
irregular movement of liquid bulk films and vigorous fluctuations
increased mass and momentum transfers. With the existence of
internal in an EL-ALR increase in a gas hold-up and decrease liquid
circulation velocity is observed. Due to low liquid circulation veloc-
ity, residence time for bubbles increases inside the sectionalized
section of the riser which finally increased the mass transfer.
According to the current research, for plate configuration B, overall
volumetric mass transfer coefficient increased from 0.005 to
0.045 s~ ! at the superficial gas velocity from 0.0024 to 0.012 m-s~ .
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Fig. 22. Comparison of experimental and CFD predicted of volumetric mass transfer
coefficient. Plate-01 (exp @) (CFD <) Plate-02 (exp A) (CFD A) Plate-03 (exp ®)
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5. Conclusions

Experimental and simulation result of total gas hold-up is
increased with superficial gas velocity for plate number from 1
to 5. It has been observed that for plate configuration B gas hold
up increases with the increases superficial gas velocity and the lig-
uid circulation velocity decreases with increases number of plates.
Each circulation section in the riser acts as continuous stirred tank
reactor and has given good conversion than a single plug flow reac-
tor. Experimentally, average bubble size is determined for plate
configuration C and its effect on bubble size has been observed.
It is found that initially, average bubble size is large and then it
decreases with increases in superficial gas velocity. The correlation
has been made in terms of average bubble diameter and specific
power consumption for plate configuration C. Experimental and
predicted values have shown good agreement. The CFD tools are
used to predict flow patterns in a sectionalized external loop airlift
reactor. The volume fraction of gas and liquid, average circulation
velocity and axial liquid velocity are determined at various loca-
tions of the downcomer.
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Nomenclature

Adq cross-sectional area of downcomer, m?
A, cross-sectional area of riser, m?

a minor axis of a bubble, m

ai specific interfacial area, m?-m>

a empirical constant values Eq. (39)

b major axis of a bubble, m

b empirical constant values Eq. (39)

c* equilibrium dissolved oxygen concentration, mol-m—>
c oxygen concentration, mol-m—>

Co initial oxygen concentration, mol-m3
Cp drag coefficient

G lift coefficient

cL concentration of liquid, mg-1~}

Cum added/virtual mass coefficients

Cu Ce1, Gz constant

Ok Os  constant

dp; diameter of bubble class I, m

D, diffusivity of oxygen in water, m-s~!

D, molecular diffusion coefficient, m-s~!

Dy turbulent diffusion coefficient, m-s~!

Da axial dispersion coefficient, m-s~!

de vertical distance between the probes, m
dg diameter of bubble, m

dps sauter mean bubble diameter, m

G production turbulent kinetic energy, m?s—2
G acceleration due to gravity, m-s—2

M interfacialforcesforliquid, N

Mg interfacialforcesforgas, N

Mp; dragforce, N
My liftforce, N

My s virtualmassforce, N

Mryp turbulentdispersionforce, N

My walllubricatingforce, N

ni number of the bubbles of size class I,

Py power consumption, w

AP dynamic pressure, psi

APg static pressure, psi

ki local mass transfer coefficient, m-s~!

K overall mass transfer coefficient, m-s~'

Kia volumetric mass transfer coefficient, s

S fraction of surface renewal rate, s~

Sk turbulent kinetic energy dissipation rate added term,
kg-m 1.5

tp time between the conductivity peaks, s

t time, s

te contact time of gas and liquid, s

U, axial liquid velocity, m-s~!

Usiip slip velocity of two phases, m-s~!

Ug superficial velocity of gas, m-s™!

ULg superficial liquid velocity in the downcomer, m-s~!

Uy, superficial liquid velocity in the riser, m-s~!

v, linear velocity of liquid, m-s~!

Vitotal dispersion volume of gas, m>

Vr terminal rise velocity of a bubble, m-s™!

Vic liquid circulating velocity, m-s~!

&g gasholdup

&r liquidholdup .

oL densityofliquid, kgA ~71’§r3

Pc densityofgas, kgA - m

i viscosityofliquid, PaA - s

o viscosityofwater, PaA - s

U eff effectiveviscosityofliquid, PaA-s
o surface Tension,NA - m™!

v turbulentviscosity, kgA - m~1A - s~

v kinematic viscosity of liquid, m?-s~!

g turbulent eddy dissipation rate, m?.s >
v aspect ratio
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